
Introduction

All investigations on microbial product formation start on
small scales, i. e., on Petri dish or Erlenmeyer flask dimen-
sions. Arrays of small bioreactors operated in parallel mode
may be used to improve the composition of the cultivation
medium, to establish optimal conditions of temperature and
pH-value of the medium, and to assess critical concentra-
tions of key components of the medium, such as precursor
substrate. Dissolved oxygen is commonly evaluated in
small (stirred tank) reactors. The constant aim of a scale-up
from laboratory to a large industrial-scale reactors is to
attain maximum biological performance using a minimum
of time and resources. A number of different bioprocesses
run on very large scales, for example, to produce small
(ethanol), medium-sized (penicillin), or large molecules
(single cell protein), or to treat high-volume industrial
streams of substrate (sewage, bioleaching). The importance
of further developing traditional bioprocesses in the field of
food biotechnology was emphasized recently [1].

Volatile flavors, such as vanillin, menthol, benzaldehyde,
fruit esters, and

,

green note’ compounds, belong to the most
valuable compounds in food formulations. Their biotechno-
logical production was studied in various types of bioreac-
tors [2, 3]. One of the problems of this recent branch of
novel bioprocesses is that the requirement of the usually
used microorganisms for oxygen and the volatility of the
target compound present a conflict of interest (sufficient
aeration vs. loss of product) typical of many scale-up steps.
Like ethanol, many volatile compounds are highly toxic to
their producer cells. This calls for efficient downstream

options for treating large volumes of highly dilute and het-
erogeneous solutions.

The intelligent downstreaming of agricultural raw materials
offers the possibility to gain valuable products from these
easily available and well-accepted resources. In Germany
over tenmillion tons ofwhey are produced every year.Major
whey proteins are a-lactalbumin, b-lactglobulin, BSA, and
bovine immunoglobulin G (IgG). Up to now themajor prod-
ucts from whey are whey powder, lactose, and whey protein
concentrates. Minor high value proteins are lactoperoxidase
and lacto(trans)ferrin, beside other minor compounds. The
concentration of these valuable compounds is in the range of
20–100mg/L.The following sections present the theoretical
basis for scale-up, the development of a bioprocess for the
generation of a volatile flavor, the development of an effi-
cient downstreaming process for transferrin from a biome-
dium, and rules and strategies to accelerate the experimental
steps of scaling-up anddownstreaming.

Fundamentals for scale-up

Chemical elementary balances

Chemical elemental balances are used to relate the (speci-
fic) consumption and formation rates of various compo-
nents during the cultivation and production stages. The car-
bon balance is the most important of them. In an initial
stage it can be used to find out relations between the various
rates. If the individual components in the medium which
contain C-atoms are labeled SKi (substrate component), PK

j
(product component), and XK (cell mass component), and
the C-content (g/g) in these components is referred to as aSi,
aPj, and aX, respectively, then the C-balance can be written
asX

aSiRSi ¼ aXRX þ
X

aPjRPj ð1Þ

The C-balance becomes with
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RSi = consumption rate of substrate
RX = growth rate
RPj = product formation rate

ri ¼ RSi
X specific consumption rate of the substrate (1/h)

l ¼ RX
X specific growth rate (1/h)

pJ ¼ RPj

X specific formation rate of product j (1/h)

specific consumption rate of the substrate (1/h)

Xn
i¼1

aSiri ¼ aXlþ
Xm
j¼1

aPjpj ð2Þ

The calculation can be simplified by assessing the main
substrate (e.g., glucose) and the minor substrates (yeast
extract, corn steep liquor, pharma media) separately.

Xn
i¼1

aSiRSi ¼ aSRS þ a�SR
�
S

ð3ÞXn
i¼1

aSiri ¼ aSrþ a�Sr
�

in which aS is the C-content of the main substrate (g/g), a�S
is the main C-content of the secondary substrates (g/g), –r
is the specific rate of the main substrate consumption (g/L),
and –r� is the mean specific rate of the secondary substrate
consumption (g/h).

A further assumption is that only two products are formed,
product P with a rate of formation RP or pP and a C-content
aP, and CO2, represented by RCO2 or pCO2 and aCO2 . The C-
content of cell mass aX is determined by experiment. Simi-
lar balances can be set up for other elements, such as hydro-
gen, oxygen, sulfur, nitrogen, or phosphorus.

The yield coefficients are defined as the relationships
between the (specific) consumption and production rates, if
the maintenance (mS) of the cells is neglected:

�YS=X ¼ RX

�RS
¼ l

�r

substrate yield coefficient for the growth (g/g)

�Y �
S=X ¼ l

�r�

secondary substrate yield coefficient for the growth (g/g)

From the oxygen balance we obtain:

�YO=X ¼ RX

�RO
¼ l

�h

oxygen yield coefficient of the growth (g/g)

in which�RO is the oxygen consumption rate (g/h) at a spe-
cific growth rate (1/h) and �h ¼ RO

X is the specific oxygen
consumption rate (1/h).

The yield coefficients of the main product are

�YP=S ¼ �RS

RP
¼ �r

p

yield coefficient of substrate for the product

�Y �
P=S ¼ �R�

S

RP
¼ �r�

p

yield coefficient of secondary substrate for the product

�YP=O ¼ �RO

RP
¼ �h

p

yield coefficient of oxygen for the product.

The second product is CO2. RCO2 is the CO2 production rate
(g/h). pCO2 ¼

RCO2
X is the specific CO2 production rate (1/h).

Continuous and accurate measurements of both oxygen and
carbon dioxide in the waste gas stream is provided by mod-
ern gas analyzers based on paramagnetism or infrared
absorption, and back-transmission of the actual data to a
control system may be used to run the bioprocess under
equilibrium conditions [4].

If the atomic compositions of the cell mass, substrates, and
products are known, cell growth and product formation can
be balanced by means of the composition of the chemical
components. This yields a 6610-matrix consisting of six
atomic elements (C, H, O, N, S, P) with ten different med-
ium components (cell mass, substrate, product, carbon,
nitrogen, oxygen, sulfur, phosphorus source, water, and
CO2). In addition the molar enthalpies and molar conver-
sion rates of the medium components allow to calculate
heat balances for growth and product formation by means
of the difference of the molar mass and enthalpy flows
entering into and leaving the system. The theoretical limits
of yield coefficients YX/S and YX/O can be evaluated from
these balances [5].

Formal kinetics and reactor balances

Several relationships describe cell growth. Monod’s speci-
fic growth rate is

l ¼ lmax

S

S þ KS
ð4Þ

in which lmax is the maximum specific growth rate (no lim-
itation by substrates, oxygen) (1/h), S is the substrate con-
centration (g/L), and KS is a model parameter or saturation
constant of substrate (g/L).
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For high substrate concentration in comparison with KS,
l � lmax holds true.

For very low substrate concentration in comparison with KS

a linear relationship prevails between l and S:

l ¼ lmax

S

KS
ð4aÞ

The relationship between the product formation rate (RP)
and the growth rate (RX) is

RP ¼ aRX þ b ð5Þ
Xp ¼ alþ b

in which a and b are constants. The product formation rate
is given by

RP ¼ lmaxX

YP=X
where YP=X ¼ RX

RP
ð6Þ

2.2.1 Growth in an idealized reactor

A) For nonlimited growth in an ideally mixed stirred tank
reactor

RX ¼ lmaxX ð7aÞ

holds true. With the initial condition X = Xo for t = 0 this
relationship yields

X ¼ XO exp lmaxtð Þ ð8aÞ

The rate of substrate and oxygen consumption can be calcu-
lated from the growth rate and corresponding yield coeffi-
cients (Table 1):

�RS ¼ � lX

�YS=X
and qS ¼ �RS

X
ð7bÞ

�RO ¼ lX

�YO=X
and qO ¼ �RO

X
ð7cÞ

B) The mass balance for nonlimited growth in an ideally
mixed continuously operated reactor is under steady-state
condition

dX1

dt
¼ lmaxX1 � DðX1 � X0Þ ¼ 0 ð9aÞ

X0 = 0 applies if the medium feed is cell-free.

D ¼ V

VR
¼ 1

s

is the dilution rate of the medium, V is the volumetric flow
rate (m3/h), and VR is the reactor volume (m3), s (h) is the
mean residence time of the medium in the reactor.

lmax = D for Xo = 0

C) For batch cultivation of substrate and/or oxygen-limited
growth in an ideally mixed stirred tank reactor.

RX ¼ lX with l ¼ lmax

S

S þ KS
ð4Þ

for substrate-limited growth

l ¼ lmax

O

Oþ KO
for oxygen-limited growth ð10Þ

X ¼ XO exp l N tð Þ ð8bÞ

Transfer processes in the reactor

The most significant reactor properties relate to the input of
energy, oxygen, and heat, and to heat removal and mixing.
They are generally described by experimental terms linking
different dimensionless values together. These latter are
derived from either similarity theory taking fundamental
equations for physical processes as a basis, or are deter-
mined by dimensional analysis of possible variables. In par-
ticular, dimensionless groups for hydrodynamic processes
are derived from the Navier-Stokes differential equations.

2.3.1 Power input in cultivationmedia

2.3.1.1 Stirred tank reactor

In nonaerated liquids the impeller power input PR

W ¼ kg Nm2

s3 ¼ J
s

��
is generally based on the impeller speed

NR (1/s) and diameter dR (m), and of the kinematic viscosity
m (m2/s). Dimensional analysis yields the following dimen-
sionless values:

NeR ¼ PR

N3
Rd

5
R

Newton number and

ReR ¼ NRd2R
m

Reynolds number

The impeller power input in a stirred tank in generally based
on equations forNeR and ReR in nonaerated liquids:
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Table 1. Typical parameters of some microorganisms with
glucose as substrate

lmax

(h – 1)
YS/X

(g N g – 1)
q�S max

(mmol N g–1h – 1)
q�O

(mmol N g–1h – 1)

Escherichia coli (B/r) 1.36 3.8 25
Escherichia coli (K)i 0.55 0.95 12.5
Bacillus subtilis 0.95 1.1
Saccharomyces cerevisiae
(monoauxic, anaerobic)

0.30 0.1

Saccharomyces cerevisiae
(diauxic, aerobic)

0.47 0.5 3.5 8

Trichosporon cutaneum 0.40 0.5 0.9 9
Candida tropicalis 0.67 a0.5 8 12 – 14
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NeR ¼ k1
1

ReR
ð11aÞ

PR ¼ k2N
2
Rd

3
Rg ð12aÞ

for laminar flow (ReR a 10) in baffled systems (reactors
with in-built guiding plates), whereas for turbulent condi-
tions this changes to

NeR ¼ k2 ð11bÞ

PR ¼ k2N
3
Rd

5
Rq for ReR A102 ð12b

For low-viscous turbulent liquids the NeR values vary over a
broad range: NeR L 5 (flat bladed disc turbine (6 blades)),
0.65 (MIG impeller) at ReR = 105. For NeR in the intermedi-
ate region (10 a ReR a 102) the following relationship was
obtained:

NeR ¼ k3 Re�1=3
R ð11cÞ

In these relationships k1, k2, k3 are constants. For non-New-
tonian liquids an effective viscosity ge is used:

ge ¼
s

du
dx

� � ð13Þ

in which s is the shear stress (kg/m s2) and du
dx

� �
is the mean

shear gradient (1/s).

According to Metzner and Otto [6]

du

dx

� �
¼ k�NR with k� � 10� 12 ð14Þ

For non-Newtonian nonaerated liquids the constants k1 and
k2 are in the following range: k1 L 75 (for flat bladed disc
turbine) and 50–68 (for various MIG impellers); k2 L 0.5
(for flat bladed disc turbine) and 0.5 (for various MIG
impellers). For gas-stirred reactors NeR is often given as a
function of the aeration group QG. This is the aeration rate
qG (m3/s) with respect to the amount of the liquid passing
radially through the stirrer (pump capacity):

qG ¼ QGNRd
3
R QG is dimensionless: QG ¼ qG

NRd3R
ð15Þ

Hughmark [7] recommended the following relationship for
the ratio of power input in aerated PG and nonaerated PR

reactors with flat bladed disc turbines:

PG

PR
¼ C2

N 2
Rd

4
R

gBV 2=3
L

 !m
qG

NRVL

� �n

ð16Þ

in which B is the blade width, C2 = 0.10, m = –0.20, n =
–0.25. This relationship was reconfirmed by several
authors.

Tower reactor

In a tower reactor (without stirrer), in which gas compres-
sion is the only source of energy, the power input PB can be
determined as follows:

PG ¼ MG RT ln
Pin

Pout

� �
�gH � 1

2
w2
Gout�w2

Gin

� �� �
ð17Þ

in which MG (kg/s) is the gas mass flow, R (m2/s2K) is the
gas constant, Pin, Pout (Pa) is the gas pressure at column inlet
and outlet, H (m) is the height of the aerated column, wGin

and wGout (m/s) is the effective gas velocity at column inlet
and outlet and g (m/s2) is the acceleration of gravity. The
gas throughput qG

VL
(1/s) which is a function of the liquid

volume VL, and the superficial gas velocity based on the
cross-sectional area of the column A (m2) qG

A ¼ wSG (m/s),
are used to define the aeration rate of the reactor.

Oxygen transfer into the cultivationmedia

The volumetric mass transfer coefficient kLa (Table 2) can
be derived from the oxygen transfer rate (OTR)QG:

kLa ¼ QO2

O�
F � OF1

in which QO2 (kg/m
3s) is the oxygen transfer rate based on

the liquid volume.

O�
F (kg/m

3) is the dissolved oxygen concentration at the gas/
liquid interface, OF1 (kg/m3) is the dissolved oxygen con-
centration in the bulk liquid, kL (m/s) is the mass transfer
coefficient through the gas/liquid interface, and a (1/m) is
the specific gas liquid interfacial area based on the liquid
volume.

a ¼ a�

VL
¼ 6eG

dS 1� eGÞð
in which a* is the gas liquid interfacial area and eG is the gas
hold up.

eG ¼ V � VL

V
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Table 2. Volumetric mass transfer coefficients kLa in CMC
solutions in a bubble column with a diameter of 14 cm, a height
of 400 cm, and porous plat gas distributor at about the same
specific power input PB/VL

CMC (%) PB/VL (kW N m–3) kLa 102 (s – 1)

1.0 0.525 4.9
1.2 0.545 4.1
1.4 0.525 3.0
1.56 0.525 3.0
1.7 0.550 2.0
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in which V is aerated liquid volume, VL is the nonaerated
liquid volume

dS is the Sauter bubble diameter:

dS ¼
P

nid3iP
nid2i

in which ni is the frequency of bubbles with diameter di.

For coalescing liquids a dimensionless relationship was
recommended [8]:

kLa
qG
VL

� ��1

¼ 1:5610�2 PG

qG

� ��0:5
ð18Þ

with
PG

qG

� ��
¼

PG

qG

� �
g mð Þ2=3qL

ð19Þ

For noncoalescing liquids a similar relationship was recom-
mended:

ðkLaÞ� ¼ 1:1610�4 PG

VL

� ��
ð20Þ

with ðkLaÞ� ¼ ðkLaÞ
m

g2

� �1=3

ð21aÞ

and
PG

VL

� ��
¼ PG

VL

� �
qL mg4
� �1=3h i�1

ð21bÞ

in which m is the kinematic viscosity and qL the density of
the liquid.

Heat balance in the reactor

The heat balance of the reactor consists of following heat
sources:

RTot ¼ RDiss þ RFlow þ RMet þ RVap þ RTransðWÞ ð22Þ
RTot is the total heat generated (W), RDiss is the heat dissi-
pated by stirrer and mechanical foam destroyer (W), RFlow

is the heat generated by the flowing gas (W), RMet is the
heat generated by the metabolic activity of the microorgan-
isms (W), RVap is the heat loss by vaporization (W), and
RTrans is the heat loss through the reactor wall (W).

The heat generated by the metabolic activity of the microor-
ganisms can be determined from the oxygen balance for
aerobic cultivation according to

RMet ¼ �4606103ROðWÞ ð23aÞ

RMet ¼ 46061036OUR6VB ð23bÞ
where OUR is the oxygen uptake rate and VB is the volume
of the medium.

For anaerobic growth the developed heat is related to the C-
consumption rate. The heat dissipated by stirrer and anti-

foam destroyer is given by the power input into the reactor
PR, which depends on stirrer type and speed, reactor con-
struction, and medium viscosity. The heat generated by the
compression of the gas is about the same which occurs dur-
ing isothermal decompression; thus, the net effect is zero.
The heat loss resulting from vaporization depends on the
aeration rate temperature of the reactor and vapour compo-
sition:

RVap ¼ �CvapFG
Pin

Pout
qvapo � qvapt

� �
ðWÞ ð24Þ

in which Cvap is the heat of vaporization (J/kg8C), Pin, Pout

are the pressure at bottom and at the top of the cultivation
medium (N/m2), qvapo is the vapor concentration in the air at
the temperature of the medium, and top pressure qvapt is the
vapor concentration of the inflowing air (kg/m3).

The heat loss through the reactor wall depends on reactor
isolation and cooling rate:

RTrans ¼ kWACol TR � TCð ÞðWÞ ð25Þ

in which kW is the overall heat transfer coefficient from
medium to cooling liquid (W/m2 8C), ACol is the surface area
of the heat exchanger (cooler) (m2), and TR, TC are the tem-
peratures of the cultivation medium and the cooling liquid
(8C).

1

kW
¼ 1

a1
þ dl

k1
þ dW

kW
þ 1

a2
ð26Þ

in which a1 is the heat transfer coefficient of the cultivation
medium (W/m2 8C,), a2 is the heat transfer coefficient of the
cooling medium (W/m2 8C), dl is the thickness of the foul-
ing layer (m), dW is the wall thickness of the cooling coil
(m), kl is the heat conductivity of the fouling layer (W/m
8C), and kW is the heat conductivity of the cooling wall
(W/m 8C).

According to Henzler [9] the heat transfer coefficient for
the cultivation medium in a stirred tank (Table 3) is given
by

a1DR

km
¼ 0:6

NRd2R
mm

� �0:67
Cpmgm

km

� �
ð27Þ

in which km is the heat conductivity of the cultivation med-
ium (W/m 8C), DR is the diameter of the reactor (m), mm is
the kinematic viscosity of the cultivation medium (m2/s),
Cpm is the thermal coefficient of the the cultivation medium
(J/kg 8C), and gm is the dynamic viscosity of the cultivation
medium (N s/m2).

In bubble column the heat transfer coefficient of the culti-
vation medium is given according to Heinen and van’t Riet
[10]:
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a1 ¼ 9391ðwSGÞ0:25
gW

gm

� �0:35

ð28Þ

in which wSG is the superficial gas velocity (m/s) and gW is
the dynamic viscosity of water (N s/m2).

If all heat flows entering or leaving the bioreactor are iden-
tified, calorimetric instrumentation enables on-line
dynamic heat balance estimations. Calculation of the heat
released or taken up during an operational bioprocess was
shown to constitute a cost-effective approach for the devel-
opment of production processes [11].

3 Scale-up of 4-decanolide production

The microbial reduction and cyclization of 4- and 5-oxo-
octanoic to dodecanoic acids yields a series of optically
pure alkanolides that impart various powerful fruity, nutty,
and fatty odor attributes to food. After (4R)-(+)-decanolide,
obtained from the conversion of 12-hydroxy oleic acid, a
genuine constituent of castor oil, entered the market at
initial prices of up to 20000 US$ kg–1, every major flavor
company has patented and up-scaled respective biopro-
cesses. Most of these bioprocesses were based on yeasts or
on deuteromycetes.

The studies on fungal formation of 4-decanolide presented
here as a case study started with the observation that a plate
culture of the basidiomycete Tyromyces sambuceus, when
grown on one of the screened nutrient media, exhibited a
pleasant exotic odor reminding of passion fruit and peach.
Only trace concentrations of (4R)-(+)-decanolide (a5
lg N L–1) were detected by capillary gas chromatography-
mass spectrometry in cultures that were grown over a period
of four to six weeks. The cells were transferred to shake
flasks, and a systematic improvement of the nutrient med-
ium based on statistically backed experimental design [12]
was conducted. A low productivity of 7 lg N L–1d–1 was
received in synthetic minimal medium (Fig. 1). Further pro-
cess development (Fig. 1, steps 2 and 3) comprised the use
of different C-sources, such as peanut oil or sunflower oil,
to stimulate the acyl metabolism of the mycelial cells.

While some significant effects were recorded, only the sup-
plementation of castor oil resulted in a breakthrough
(Fig. 1, step 4). Obviously, the introduction of the oxygen
atom into the chain of the fatty acid presented the rate-limit-
ing metabolic step.

In terms of productivity, a pellet inoculated laboratory-scale
stirred tank reactor was superior over the filamentous form
of the (homogenized) inoculum. Improved mechanical sta-
bility and the natural way of immobilization may have
accounted for this finding. At the same time, viscosity was
apparently reduced. This in turn reduced the power require-
ments according to Section 2.3.1.1 and the transfer of heat
according to Henzler’s equation (cf. Section 2.3.3). The
example shows that the separate consideration of physiolo-
gical and physical parameters during scaling-up is not pos-
sible. It is also evident that changes of the cell morphology
or other biological parameters which cannot be easily com-
puter-predicted may have a considerable impact on the
overall process.

Although formation of 4-decanolide from added castor oil
by T. sambuceus was a rapid process, oxygen transfer (cf.
Section 2.3.2) was not a limiting factor in these slowly
growing fungal cultures. The calculation of the carbon bal-
ance of bioreactor grown cells according to Section 2.1
combined with the monitoring of growth (cf. Section 2.2.1)
showed that most of the triacyl glycerol substrate added was
catabolized and converted to biomass and carbon dioxide.
Therefore, subsequent steps focused on establishing a semi-
continuous process in a 15 L reactor (Infors ISF-200) to
evaluate parameters that would help to direct the fungal
metabolism towards accumulation of (4R)-(+)-decanolide
and its immediate hydroxy acid precursor. Removal of spent
nutrient medium and cell recycle was performed using a
tubular off-line filtration unit (Fig. 2). A complete uncou-
pling of growth and 4-decanolide formation was not
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Table 3. Heat transfer coefficient as a function of the specific
power input (PG/VL) in a stirred tank (DR = 40 cm, H = 40 cm)
with 0.5% CMC solution and flat-bladed disc turbine SB (dR/DR

= 0.33) and 2 stirrers, SB and IMIG (dR/DR = 0.60).

PG/VL (kWm3) a1 (Wm– 2K– 1

SB 10–1 46102

100 16103

101 2.56103

IMIG 10–1 16103

100 2.56103

101 46103

Figure 1. Scale-up of a pellet culture of the basidiomy-
cete Tyromyces sambuceus generating (4R)-(+)-decano-
lide.
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achieved, but high peak productivities were still recorded
upon application of a fed-batch feeding regime of the pre-
cursor fatty acid (Fig. 1, step 5). The problem of excessive
foaming, caused by the intermediary di- and mono-acylgly-
cerols, was solved by controlled slow addition of the lipid
substrate. Silylated glass surfaces and electro-polished steel
surfaces reduced fouling effects that constitute one of the
major problems in up-scaling of basidiomycete cultures.

Bioprocesses for the generation of volatile lactones have
paved the way to today’s advanced biotechnology of flavors,
and quite a number of alkanolides (and other volatile fla-
vors) are successfully manufactured on the 50–500 L scale.
Some typical target compounds of aroma biotechnology are
highly potent, and larger-scale operations are, thus, some-
times not required, because an annual production of some
hundred grams of product may be sufficient to meet the
market demands. Conventional batch processes and extrac-
tion or distillation dominate the industrial applications,
partly because of ease of operation, partly because of reluc-
tance to introduce novel processing strategies. Membrane-
or adsorbent-based downstreaming steps are often superior
to the classical processes, preferably if the cold recovery of
sensitive fine chemicals is intended [13–16].

The on-line monitoring of waste gas volatiles beyond car-
bon dioxide and oxygen (cf. Section 2.1) is a typical field of
application of electronic noses. When a recombinant ani-
mal (CHO) cell line was used to produce human blood coa-
gulation factor VIII, cellular state transitions and changes
related to product formation were successfully followed
[17]. Microbial infections, particularly critical on the pro-
duction scale, were also detected at an early stage. The pro-

duction of avermectins by Streptomyces avermitilis was
proportional to the intensity of a fermentation odour identi-
fied as geosmin (earthy, beet-root odor) [18]. The scale-up
of such a bioprocess could also benefit from an on-line con-
trol of the concentration of the volatile emanations.

4 Scale-up of the downstreaming step

The principles of the scale-up of the downstreaming of
high-molecular products from biotechnological processes
will be demonstrated for a high-value protein from milk.
Milk is a highly complex mixture of various compounds,
and downstreaming is extremely difficult. Here lactoferrin
is treated as a high-value product from regular milk [19].

Lactoferrin is a multifunctional iron-binding glycoprotein
found in external secretions, milk, saliva, tears, and other
sources. Its molecular mass is 77 kDa, and it contains two
binding sites for Fe3+. This capacity to bind iron partly
explains lactoferrin’s antibacterial and antifungal activities.
Other bioactivities, such as an effect on cell growth, its
immuno-stimulating action, and even anti-human immuno-
deficiency virus (HIV) activity have been demonstrated
[20–22]. Some internet suppliers associate the protein with
less proven health claims.

Conventional chromatographic processes show tremendous
disadvantages for a fast and reliable downstreaming of
whey, since large volumes and high protein concentrations
cause many problems, such as fouling of chromatographic
material, long cycle times, large pressure drops via chroma-
tographic columns, and complicated process control sys-
tems. A newly developed membrane adsorber technology
offers the possibility to recover high value proteins from
whey via adsorber filtration processes. Filtration is a well-
accepted and well-studied unit operation in dairy technol-
ogy, and scaling-up on the basis of general scale up rules is
well understood (cf. Section 5). Membrane adsorber tech-
nology combines chromatographic separation with filtra-
tion. The interactions between dissolved molecules and the
functional groups on the membranes inner surface occur in
convective through-pores rather than in stagnant fluid
inside the pores of an adsorbent particle. Therefore, the
loading and elution of membrane adsorbers can be perform-
ed at high fluxes resulting in short cycle times with sharp
breakthrough curves. Channeling cannot occur, scale-up is
easy, and materials and systems allow cleaning in place
(CIP) procedures.

As shown in Fig. 3, membranes can be converted into effi-
cient and selective adsorbers by attaching functional
exchanger groups to the inner surface of the microporous
membranes. That means that the pores of the membranes
are covered with the functional groups. Depending on the
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Figure 2. Stirred tank cultivation coupled with cross-flow
filtration according to Fig. 1, step 5.
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choice of the functional group various adsorber systems can
be obtained, such as ion exchanger, affinity or metal affinity
adsorber systems. Commercially available membrane sys-
tems for laboratory and process scales are ion exchanger
systems with strongly acidic (sulfonic acid), strongly basic
(quarternary ammonium), weakly acidic (carboxylic acid),
and weakly basic (diethyl amine) types.

Ion exchanger membrane systems are available in small
modules with 10 to 100 cm2 of membrane surface (one up
to ten layers) or in spiral bound systems as shown in Fig. 3.
The spiral modules offer the possibility of a large surface
area in small capsules (1–8 m2). The modules can be oper-
ated in parallel or in a series. In these modules, the mem-
brane adsorber is rolled up to form a binding bed. The feed
enters the module from the top and is distributed by the cen-
ter dead volume-reducing unit to the internal membrane
channel, passing the membrane in an orthogonal flow. The
eluate is collected in an extra external channel and guided
to the outlet. The formal kinetics of these modules can be
easily understood and modelled based on the material bal-
ances as mentioned in Section 2. Here the modules can be
regarded in batch or continuous mode.

For preliminary experiments, strongly acidic membranes in
flat-sheet polysulfonate modules (Sartobind S 15, Sartorius,
G�ttingen, Germany) membrane layers of 15 cm2 total
adsorber area) were used. These modules can be integrated
in fast protein liquid chromatography systems (e.g., Bio-
Rad, Munich, Germany) equipped with a UV detector and
electric conductivity measurement for monitoring the isola-
tion process [23]. The flow can be adjusted from three to
50 mL/min. This setup offers the possibility to run repeated
cycles of loading and elution of lactoferrin under different
conditions. The pH flow rate and the elution buffer compo-
sition were optimized. The maximal dynamic loading capa-

city was found to be 0.2 mg N cm–2 membrane material (pH
of whey was 6.2) and best elution was obtained with 1 mol
sodium chloride solution. Up to 50 loading and elution pro-
files could be run without any loss of sensitivity and at con-
stant flow rate in the system. From these experiments,
which were verified with microfiltrated whey samples, a
direct scale-up from 15 cm2 to 4 m2 was performed.

Figure 4 shows a principle setup of a twin membrane adsor-
ber unit with 4 m2 modules (Sartobind factor-two family;
Sartorius). The loading and elution profiles were monitored
via UV spectrometry, electric conductivity, and flow
volume monitoring. The whole twin unit was operated via a
computer system for repeated loading and elution. Up to
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Figure 3. Principle of mem-
brane adsorber technology.
A capsule with 10–100 cm2

membrane area and a spiral
module with a membrane
area of up to 8 m2are
shown.

Figure 4. Setup for the twin system with two 262 m2

modules (bLF: bovine lactoferrin).
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105 L whey from the microfiltration unit were directly
pumped into the first membrane adsorber unit with a flow
rate of 8 L N min–1 (inlet pressure two bar). Figure 5 shows
the breakthrough curve monitored via the UV-monitor.
After 105 L the breakthrough was 100%. Afterwards the
system was washed with 8 L buffer (20 mmol sodium phos-
phate buffer, pH 6.2), in order to wash out unbound proteins
and to reduce the UV-signals. A stepwise increase of elution
buffer to 1 mol sodium chloride solution resulted in a direct
elution of the bound lactoferrin. Within 120 min one com-
plete loading and elution cycle was performed. Afterwards
a short regeneration cycle with 10 L buffer was necessary
prior to the next loading and elution cycle. The balances of
the loading/elution cycles can be performed according to
the model equations mentioned in Sections 2.1 and 2.3,
without using the terms of cell growth.

The loading capacity of a 4 m2 module was in the range of
8 g per loading (dynamic capacity 0.2 mg N cm–2). The
analysis of the elution fraction indicated a lactoferrin con-
centration of 7.76 g of lactoferrin which is nearly 97% of
the theoretical value. Regarding the error range of a regular
HPLC analysis, the results of the maximum dynamic capa-
city and the 15 cm2 modules could be verified in the 4 m2

module. The easy scale-up from the miniaturized modules
to the production plant modules becomes obvious by these
results. A direct transfer of the lab experiments into a large
scale unit is possible simply using similarity comparison
(cf. Section 5, [24]).

In repeated loading elution experiments, 1000 L of micro-
filtrated whey permeate was loaded in ten cycles to the
membrane adsorber modules and eluted afterwards. In con-
trast to the laboratory experiments mentioned above, a
slight decrease in the flow rate (loading) was observed and
the back pressure in the system was increasing. The whole

cycle time increased from about 15 min to 2 h, and the lac-
toferrin recovery decreased by nearly 20%. Within the first
four cycles the lactoferrin recovery was above 88%, and a
membrane cleaning was necessary after four cycles under
the tested conditions (cleaning temperature 408C; cleaning
cycle acids, 10 min, two separated cleaning steps, 10 min).
The whole regeneration and cleaning cycle took 45 min.
The results of these up-scale experiments indicate that
microfiltrated whey solution can be directly downstreamed
via membrane adsorber systems. The dynamic binding
capacity for lactoferrin was 0.2 mg N cm–2. Up to four cycles
can be run with the 4 m2 module in series, afterwards a
cleaning step is necessary to completely regenerate the
module.

For continuous processing the twin column system (Fig. 4)
must be operated in the following way: while one module is
loaded, the other module is eluted. The following assump-
tions and calculations can be made: In a production plant,
the inlet pressure would be increase to 7 bar (flow: 24.5
L N min–1) and the recovery of lactoferrin would be for four
cycles (88% each). Based on the results of the pilot plant
lab experiments 4 h per day would be necessary for clean-
ing, while 20 h could be covered by loading elution cycles.
Energy input and chemical usage (also necessary for envir-
onment purposes) are necessary to regard to get a rough
economic estimation. The following results can be obtained
for such twin plant systems:

Loading flux: 24.5 L N min–1 (pin = 7 bar)
Cycle time: 3.5 min (loading per module)
Lactoferrin (bLF) yield per cycle: 7 g bLF (88%maximumyield)
Lactoferrin (bLF) yield per day: 2380 g bLF
Lactoferrin (bLF) per year: 714 kg bLF (300 days)

In order to increase the capacity to downstream 100000
tons of whey per year, a production plant with 80 m2 adsor-
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Figure 5. Breakthrough
behavior of the 262m2

modules.
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ber area would be necessary in a twin plant setup, and 7140
kg bLF could be downstreamed.

The costs would be the following:

Fixed: – depreciation (10% linear over 10 years) 51000 EUR
– interest on borrowed money 15000 EUR
– maintenance 10500 EUR

R 77000 EUR

Variable: – modules (80 m2, list price) 250000 EUR
– chemicals (NaCI, buffer) 175000 EUR
– energy (18000 kW) 2500 EUR
– cleaning agents (NaOH, citric acid) 76500 EUR
– H2O (6.5 EURm–3 incl. wastewater) 77000 EUR
– manpower 76500 EUR

R 612500 EUR

fix costs + variable costs: 689500 EUR
cost per unit: 96.5 EUR/kg bLF

Supplementary costs:
– crossflow microfiltration
– desalting/concentrating
– spray drying

These calculations show that the large-scale production of
lactoferrin from whey would be possible in a twin plant sys-
tem. The dimension and throughput was calculated from
lab and pilot plant data. The production of lactoferrin would
cost about 96.5 EUR kg–1. These costs could easily be
reduced by re-using the elution solutions. Lab experiments
showed that the elution buffer could be used four times
without any loss of efficiency. In addition, the module costs
would decrease, if larger amounts would be produced for
large-scale production units.

5 Scale-up rules

It is assumed that the metabolism of a microorganism is not
influenced by the size of an ideal reactor. Only the transfer
processes vary with the reactor size. During scale-up the
reactor volume increases. The heat removal rate RTotal from
the reactor is affected most, because the volume changes
with third power of the linear scale, and the heat exchanger
surface with the second power only. Because of the
increased volume of the cultivation medium the homoge-
neous distribution of substrates and dissolved oxygen

becomes more and more difficult. These problems become
more serious in highly viscous media, as, for example, with
higher fungi (cf. Section 3), and with high cell density culti-
vations.

For scale-up process several recommendations were made:

If the model reactor is labeled with index 1 and the full-
scale one with 2, the reactors 1 and 2 should have: (i) equal
mixing time; (ii) equal mass transfer coefficient (cf. Section
2.2.1); (iii) equal tip speed of the stirrer blade (A5 to
7 m N s–1 shear rate may become critical; larger cells or cells
without a rigid cell wall, such as animal cells, are more sen-
sitive to shear stress (cf. Section 2.3.1.1) [25]); (iv) equal
dissolved oxygen concentration (cf. Section 2.2.1); (v)
equal cooling rate RTotal with respect to the medium volume
VL (cf. Section 2.3.3).

The total heat generated RTot is predominantly influenced by
the heat dissipated by the impellers RDiss in stirred tank reac-
tors. Therefore, the power input PR is the most important
parameter. The maximum value of PR/VL is limited by the
maximum possible cooling rate RTrans in stirred tank reac-
tors. According to this rule, the power input per liquid
volume of model 1 and full-scale 2 should be equal.

In tower reactors (cf. Section 2.3.1.2) PG/VL is not limited
by the cooling rate, because the power input is maintained
merely by aeration, and the heat produced is removed by
decompression of air along the column. By assuming geo-
metrical similarity of these reactors, the following rule can
be applied [26]:

PR
VL

� �
2

PR
VL

� �
1

¼ f
dR2
dR1

� �
¼ dR2

dR1

� �y

ð34Þ

or

PR
VL

� �
2

PR
VL

� �
1

¼ f
V2

V1

� �
¼ V2

V1

� �y=3

ð35Þ

in which dR1 and dR2 are the impeller diameters in reactors 1
and 2.

The most common scale-up rule is constant power input per
unit volume in model reactor 1 and full-scale reactor 2.

There are some other (qualitative) rules for scale-up [26]:

PR2

PR1

� �
¼ VL2

VL1

� �Sþ1

ð36Þ

The magnitude of s depends on the scale-up strategy:
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Table 4. Balance of chemicals needed to run the twin unit

H2O NaCl NaH2PO4 Na2HPO4

1 cycle (3.5 min) 32 L 490 g 50 g 57.5 g
h 410 L 4.17 kg 638 g 750 g
Day 8.2 t 83.5 kg 13 kg 15 kg
Year 2460 t 25 t 3.9 t 4.5 t
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Scale up strategy s

Maintain kLa andwsG constant 0.16
Maintain P/V constant 1.0
Maintain pdRNR constant (for turbulent mixing) –1/3
Maintain pdRNR constant (for laminar mixing
in highly viscous medium) –2/3

Maintain ReR constant –4/3

The transfer processes as a function of the power input and
other parameters are evaluated in laboratory and pilot plant
systems. By means of the similarity theory it is possible to
transfer these results, if they are applied in dimensionless
equations, to full-scale equipment.

6 Practical problemswith the similarity
theory and scale up rules

Sound relations between apparatus and process parameters
have to be ascertained for a successful scale-up. Because of
the complexity of the real systems drastic simplification of
the model and of full-scale reactors and processes is neces-
sary. The model and the full-scale reactors are not ideally
mixed. Considerable heterogeneity prevails in the cultiva-
tion medium of full-scale reactors. This causes local and
temporal variations of the concentrations of dissolved oxy-
gen and substrates as well as the temperature and the pH-
value, which influence the metabolism of the microorgan-
ism. It has, for example, been impossible to synchronize a
fed-batch culture of Saccharomyces cerevisiae due to the
unavoidable glucose gradients in the stirred tank reactor
[27]. The transfer rates are functions of the scale-up. These
influence the metabolism of the microorganism as well.
Most of the key parameters (concentrations of microorgan-
ism, substrate, oxygen uptake rate, viscosity of the medium)
vary considerably during the cultivation. For the calcula-
tions of transfer parameters space and time average values
are used, which can cause serious errors.

It is impossible to meet the geometric, fluid dynamic, mass
transfer, heat transfer, and kinetic similarity of the model
and full-scale reactors at the same time. Looking at the geo-
metrical similarity of model and full-scale reactor this
requirement is not fulfilled, because the reactor height to
diameter ratio is considerable larger in full-scale than in the
model reactor. The transfer of results obtained on the idea-
lized model to the idealized full-scale reactor is therefore
bound to be inaccurate. To reduce the increasing scale-up
errors with enlargement of the volume ratio of reactors, a
multistage scale-up approach with a scale-up factor of 10
for each stage for the coupling kinetic, hydrodynamic, and
transport processes in bioreactors is recommended.

Up-scaling considerations should not be restricted to the
bioreactor itself, but should include the entire process in an

integrated view. Modern software allows to run bioprocess
simulations on the computer; some of them incorporate
downstreaming operations, such as ion or affinity chroma-
tography and the related cost calculations [28]. The above
complications, however, usually prevent a scale-up based
exclusively on a computer. Experimental investigations
across the increasing scales are necessary.
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